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Two phase modelling of Geldart B particles in a novel indirectly heated 
bubbling fluidized bed biomass steam reformer 
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Faculty of Mechanical, Maritime and Materials Engineering, Process and Energy Department, Delft University of Technology, Leeghwaterstraat 39, Delft 2628 CB, 
Netherlands   
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A B S T R A C T   

This work focuses on the numerical modelling and experimental validation of the hydrodynamic behaviour of a 
novel 50 kWth indirectly heated bubbling fluidized bed steam reformer. The hydrodynamic behaviour of fluid-
ized beds with immersed vertical tubes and complex fluidized bed geometries in general have not been thor-
oughly investigated in terms of numerical modelling coupled with experimental validation for pilot scale 
reactors. Therefore, the present study contributes to the fluidized bed hydrodynamics numerical modelling field, 
while investigating a novel reactor concept. Simulations were performed employing the Two-Fluid Model 
approach, using the Kinetic Theory of Granular Flows (KTGF) and the adjusted Syamlal O’Brien drag model. The 
reactor’s hydrodynamic behaviour was simulated successfully, as showcased by a comparison of global hydro-
dynamic metrics (bed height, pressure drop) between computational and experimental results. Simulations were 
performed with and without considering an additional nitrogen gas feed on the side of the reactor (feeding 
system pressurization). Overall, for both cases, for realistic values of the particle restitution coefficient chan-
nelling of the gas flow near the reactor walls was observed. Larger bubbles appeared to be forming near the outer 
wall of the reactor for the no side-flow simulations. The opposite behaviour was encountered for the side-flow 
simulations due to stream-like behaviour of the side-flow moving up against the reactor’s outer wall. The 
choice to limit the simulations to a 72◦ symmetry domain was validated, indicating the possibility of further 
reduction. Finally, it was argued that increasing the reactor’s diameter could potentially lead to a reduction of 
the observed channelling of the fluidization media and improve the mixing achieved in the reactor and thus the 
conversion efficiency of the IHBFBSR during gasification applications.   

1. Introduction 

The growing concern for environmental change, the depletion of 
fossil fuel reserves, as well as the increasing need for energy self- 
reliance, have led to the employment of sustainable resources for heat 
and power generation as well as for fuels and chemicals production. 
Biomass materials constitute the third most abundant fuel resource, 
following coal and oil, and provide a potentially clean and renewable 
alternative fuel, also readily available worldwide. Thermochemical 
processes such as pyrolysis, torrefaction, gasification and hydrothermal 
liquefaction, constitute interesting options for the conversion of biomass 
fuels to useful products [1]. Gasification in particular, can be defined as 
the thermochemical conversion process through which carbonaceous 
materials are converted to a fuel gas or chemical feedstock in an oxygen 
deficient (reducing) environment, while requiring heat [2]. 

Gasifiers can be classified according to various of their characteris-
tics. One type of classification is according to the gas–solid interaction 
within the reactor, which includes fixed or moving bed (downdraft, 
updraft, crossdraft) gasifiers, fluidized bed gasifiers (bubbling, circu-
lating and dual) and entrained flow gasifiers (top-fed and side-fed). The 
gasification medium employed in the process (air, CO2, steam, etc.) 
provides another classification parameter [2,3]. The way that the heat 
required for the gasification of a feedstock is provided to the system 
constitutes another differentiating factor between gasification systems. 
When the feedstock is partially oxidized by the gasification agent 
(usually air or O2), the process is referred to as autothermal or direct 
gasification. In this case, the heat required for the fuel heating, drying, 
pyrolysis and gasification reactions is provided by exothermal oxidation 
reactions occurring within the gasifier. When an oxidising agent is ab-
sent, an external energy source is required and the process is then called 
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allothermal or indirect gasification, with steam being most commonly 
employed as an allothermal gasification agent [4,5]. The biggest limi-
tation of autothermal gasification is the requirement of separation/ 
removal of diluent gases such as N2, either downstream (from the syn-
gas) or upstream (from air) the gasification unit [6]. Thus, allothermal 
gasification technologies constitute an attractive option. 

Heat required for the operation of allothermal gasifiers can be pro-
vided through discontinuous intermittent operation of a single fluidized 
bed, through the circulation of particles between two interconnected 
fluidized beds, or finally by employing heat transfer surfaces [7]. The 
first category includes mainly Winkler’s fluidized bed gasifier (1922) 
where air (or later O2) blown combustion up to 1100–1200 ◦C was 
employed, repeatedly followed by steam gasification. In recent years the 
focus of the scientific community has been mostly on the other two 
technologies. The interconnected fluidized beds gasification technology, 
or Dual Fluidized Bed (DFB) gasification, utilizes two separate gasifi-
cation and combustion reactors [8,9]. A thorough literature review and 
technical analysis of the DFB gasification technology can be found in [7] 
and even more recent ones in [10] and [11]. In heat exchanger config-
urations, one concept completely separates the gasification area from 
the “heat provision reactor” in order to allow the application of a variety 
of fuels and/or processes. Juentgen and van Heek suggested such a 
concept in 1975 [12], incorporating helium produced from nuclear re-
actors at high temperatures (HTR), which was however abandoned due 
the poor heat transfer [13]. Another concept was the MTCI gasifier, 
where a pulse combustor fed the heat exchanger tubes located in the 
main steam blown atmospheric fluidized bed reactor, using the gasifi-
cation product gas. Turbulent flue gas flow and low frequency acoustic 
oscillations from pulse combustion can lead to improved heat transfer 
compared to conventional heat exchangers [7,14]. The most recent 
concept in this category is the Biomass Heatpipe Reformer. In this case 
gasification takes place in a pressurized chamber and the required heat 
is generated in a combustion chamber below it and exchanged through a 
number of heat pipes. Both the gasifier and the combustor are fluidized 
bed reactors, while for the heat pipes the working fluid (Na, K, etc.) 
evaporates on the combustor side and condenses on the gasifier one 
[15–17]. The use of this particular concept is claimed to increase heat 
transfer coefficients and reduce the required heat transfer areas 10 to 20 
times [13]. 

In general, gas–solid fluidized beds are widely used in process in-
dustries and biomass gasification in particular, due to their ability to 
combine reactor and mixer capabilities and facilitate continuous oper-
ation [18]. Compared to other gas–solid reactor types, fluidized bed 
gasifiers offer significant advantages, such as rapid mixing and conse-
quently almost isothermal conditions, high heat and mass transfer rates 
between gas and particles also leading to smaller required surface area 
of heat exchangers within the bed, suitability for large-scale operations 
and more [19]. Due to their importance for the process industry, fluid-
ized beds have been widely studied, in order to better describe fluid-
ization phenomena both experimentally and computationally. However, 
in particular the lack of understanding of dense gas-particle flow fun-
damentals creates difficulties in designing and scaling-up such systems. 
Therefore, designing a fluidized bed reactor often becomes an empirical 
process, requiring expensive and time consuming preliminary pilot-scale 
experiments [20]. This task becomes even more challenging when non- 
standard or complex reactor geometries are employed. Therefore the 
development of numerical models for the simulation of fluidized beds 
hydrodynamics with such geometries is of the outmost importance for 
the corresponding scientific community. 

Complex fluidized bed geometries have been thoroughly studied in 
the literature in terms of numerical models development, however 
almost solely in the form of horizontally immersed tubes in a fluidized 
bed reactor. Most commonly, Eulerian – Lagrangian methods have been 
employed in their study. The CFD-DEM (Computational Fluid Dynamics- 
Discrete Element Method) has been widely applied [21–25], also 
coupled with various methods, such as the coarse grain (CG) model [26], 

the immersed boundary method (IBM) [27–29], the virtual dual-grid 
model (VDGM) [30,31], the cut cell technique in a MFIX (Multiphase 
Flow with Interphase Exchange) solver [32,33], the fictitious domain 
(FD) method [34,35], LES (large eddy simulation) [36,37], as well as 
with a combination of the signed distancing function (SDF) with the IMB 
and CG models [38]. Hard sphere, CFD-DPM (Computational Fluid 
Dynamics-Discrete Particle Method) models have also been employed 
for the simulation of complex geometries [39,40]. Furthermore, 
Córcoles et al. [41] presented the simulation of a bubbling fluidized bed 
with immersed surfaces, using a Computational Particle Fluid Dynamics 
(CPFD) model, based on the multiphase particle-in-cell (MP − PIC) 
method. Eulerian – Eulerian two-fluid models (TFM) have also been 
employed for the simulation of similar geometries, however to a lesser 
extent [42–50]. In a conceptually different approach then for the cases 
described above, Jašo et al. [51], investigated a fluidized bed membrane 
reactor for oxidative methane coupling via CFD simulations. In an effort 
to investigate the effect of distributed oxygen feed on the reactor per-
formance several symmetrically arranged vertical tubes were placed in a 
cylindrical reactor geometry. A Eulerian–Eulerian granular kinetic flow 
model was used for the simulation of the fluidized bed, coupled with 
reaction kinetics, while a lab scale reactor with a diameter of 40 mm was 
used for experimental validation. The analysis of the results showed that 
certain vertical tube configurations influence hydrodynamics in such a 
way that the bottom-fed gas preferably follows a path near the walls of 
the reactor. A similar reactor concept was simulated by de Jong et al. 
[52], employing a hybrid DPM-IBM method, however without experi-
mental validation. From their findings it became apparent that hori-
zontal membrane tubes lead to reduced bubble size compared to vertical 
ones. Finally, Verma et al. [53] employed a TFM coupled with the cut- 
cell method in MFIX, to investigate the hydrodynamics of 3D fluidized 
beds containing vertical U-tubes banks, inspired from the design of 
carbon capture units. According to the authors, the presence of the 
vertical tubes leads to decreased bubble diameter, while their presence 
divides the bed into smaller, parallel gas–solid flow chambers. 

The focus of this work lies on the numerical modelling and experi-
mental validation, of the hydrodynamic behaviour of a novel 50 kWth 
indirectly heated bubbling fluidized bed steam reformer (IHBFBSR). 
This pilot-scale reactor was designed, built and commissioned by the 
Dutch company Petrogas - Gas Systems together with the Process and 
Energy Department of Delft University of Technology. In this novel 
reactor concept two radiant tube natural gas burners, one in the bottom 
(bed area) and one in the top (freeboard) of the reactor, provide the heat 
necessary for gasification (Fig. 1). Its design aims at the reduction of heat 
losses, the provision of enough heat for the realization of the biomass 
steam reforming and cracking reactions and the exploration of scale-up 
possibilities to an industrial scale process. The IHBFBSR concept pro-
poses a novel approach on indirect gasification technology, with its 
unique reactor design. More details regarding this novel reactor’s posi-
tioning among similar technologies as well as the results of its 
commissioning gasification experiments can be found in [54]. Overall, 
studying this complex geometry by employing a more narrow cylindrical 
fluidized bed of equivalent hydrodynamic radius would constitute an 
oversimplification which would lead to the loss of information and not 
allow the representation of flow patterns critical to both the present 
operation and the scale-up of this novel reactor. As it became apparent 
from the previous discussion, the hydrodynamic behaviour of fluidized 
beds with immersed vertical tubes has not been thoroughly reported in 
literature. Furthermore, complex fluidized bed geometries in general 
have not been thoroughly investigated in terms of numerical modelling 
coupled with experimental validation for pilot scale reactors. Therefore, 
it can be argued that the present study, apart from investigating a novel 
reactor concept, adds also to the field of fluidized bed hydrodynamics 
numerical modelling. According to the knowledge of the authors, the 
combination of CFD simulations and experiments on the hydrodynamics 
of a pilot scale bubbling fluidized bed with an immersed vertical tube 
(complex geometry) has not been previously reported in the literature. 
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The numerical simulation of the fluidized bed’s hydrodynamic 
behaviour was performed employing the Eulerian – Eulerian TFM 
approach. This choice was made with the large scale of the modelled 
fluidized bed in mind, due to the relatively lower computational costs of 
TFM versus DPM [55]. Conventional Eulerian-Langragian methods 
(DPM or DEM) which track individual particles, or even CG models 
which track particle “clusters” which are in general more favourable for 
large-scale systems modelling [56], would require the tracking of 
approximately 108 particles given the scale of the setup, even in a 
reduced simulation domain. Finally, it should be mentioned that in the 
context of this work the TFM model was used as a tool for studying the 
hydrodynamic behaviour of the IHBFBSR. Focusing on TFM method 
development was outside the scope of the present work. 

2. Experimental setup 

2.1. Reactor description 

In the 50 kWth IHBFBSR, biomass gasification experiments with air, 
nitrogen, steam or combinations of the above as fluidization media can 
be performed. However, for the hydrodynamic study performed within 
this work only air and N2 were employed. A detailed presentation of 
steam/air gasification experiments in the IHBFBSR can be found in [54]. 
The reactor was manufactured out of 310S (AISI) steel with a wall 
thickness of 4.78 mm and a height of ~ 3 m. It is insulated with a 200 
mm three layer mattress material. The dimensions of the reactor, along 
with the location of instrumentation equipment (thermocouples and 
pressure gauges) are presented in Fig. 2. Data from the various in-
struments were recorded through a SCADA/PLC coupling employing a 
LabVIEW interface, every 10 s. 

Before the test, 75 kg of bed material was inserted in the bed area of 

the IHBFBSR. The bed material employed was corundum, an aluminium 
oxide (Al2O3) containing also traces of iron oxide, titanium oxide and 
silica. This material, supplied by Unicorn ICS B.V., has a density of 3940 
kg/m3, a hardness of 9 Mohs and its melting point is 1950 ◦C. The mean 
particle diameter of the bed material was 543 μm, which classifies it in 
the Geldart B category (sand-like) of solids in bubbling fluidized beds 
[57]. The particle size distribution of the corundum bed material was 
determined using a Microtrac FLEX 10.6.2. Corundum has a very high 
hardness, thus the probability of fines production due to attrition of the 
particles is reduced. Furthermore, depending on the fluidization con-
ditions, it has very good heat distribution properties [58]. 

Two self-recuperative ceramic burners supplied by WS – 
Wärmeprozesstechnik GmbH were used for the provision of heat in the 
IHBFBSR. Both were placed inside metal radiant tubes for protection 
from bed material blasting. Both burners operate in an on/off mode, 
with the bottom burner being controlled by the average values of ther-
mocouples TC01 – TC05 and the top burner by TC07. The set point of the 
two burners in the context of the present work was 640 ◦C, which was 
the maximum achievable temperature without the employment of in- 
bed combustion. The burners operate at a constant capacity of 20 
kWth and 12 kWth for the bottom (REKUMAT C100) and top one 
(REKUMAT C80), respectively. The total main body length of the bottom 
radiant tube is ~ 1.7 m, and 1.2 m of this is situated in the bed area. The 
bottom part of the radiant tube also warmed up the windbox, as shown 
in Fig. 2. The top radiant tube is smaller, both in terms of diameter (0.1 
m) and of total main body length (1.3 m). 

The fluidization media employed in the present study (air and N2) 
were introduced in the reactor through a distributor plate, after passing 
through a 6 kW preheater. Depending on the total amount of gases 
introduced, their inlet temperature ranged between 515 and 620 ◦C. The 
distributor plate consisted of 50 tuyeres, each with 2 mm holes drilled in 
a 20◦ downwards angle. Nitrogen was also employed to pressurize the 
feeding system and to prevent obstruction of the pressure gauge in the 
reactor. For the latter, for each pressure gauge, a 5 ml/min N2 flow was 
introduced, while approximately 4 kg/h of N2 was introduced in the 
reactor through the feeding system for the aforementioned purpose. The 
biomass feeder outlet in the reactor was located 170 mm above the 
distributor plate and its inside diameter was 50 mm. As can be observed 
in Fig. 2, pressure gauges located in four spots within the reactor, along 
with their respective pressure transmitters, were used to record the 
pressure drops over the distributor plate, the bed zone and the 
freeboard. 

2.2. Hydrodynamics experiments 

The main purpose of the experiment presented in this section, was to 
determine the fluidization characteristics of the IHBFBSR. Since visual 
observation is not possible in the IHBFBSR, the variation of the bed 
height during an experiment can be deduced from the thermocouple 
readings. An example is shown in Fig. 3, where fluidization apparently 
occurs after roughly 58 min. After this point, the reading of TC01, TC02 
and TC03 begin to coincide, with the last one joining this group 
approximately 10 min later. From this behaviour, it can be safely 
deduced that the top of the particle bed is located between TC03 and 
TC04. Air and N2 were introduced through the distributor plate at 22 
and 26 kg/h, respectively, and the total mass flow remained unchanged 
until the temperature set point (640 ◦C average temperature) was ach-
ieved and the system was stabilized (234 min). The secondary N2 side- 
flow through the feeder was stable at 4.11 kg/h during the experi-
ment. After the previously mentioned point, the fluidization media flow 
was gradually reduced in steps of 1 kg/h. The first bed height reduction 
(1st BHR) point was observed when the total flow was firstly reduced to 
22 and 25 kg/h of air and N2, respectively. Subsequent to reducing the 
flow of N2, the temperature recorded by TC03 started to increase 
compared to TC01 and TC02. This observation suggests that TC03, no 
longer “insulated” by the fluidized bed material, experiences the heat 

Fig. 1. Conceptual design of the indirectly heated bubbling fluidized bed steam 
reformer (IHBFBSR). 
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produced by the burner unobstructed. By continuing the reduction of the 
gas flows, such an observation will however no longer be possible. This 
is because the de-fluidized bed height is 0.591 m and thus located above 
the location of TC02. Consequently, the only other variation that can be 
observed is the de-fluidization of the bed, in the 2nd bed height reduc-
tion point. At this point, which was achieved for 14 kg/h of air only, the 
temperatures of TC01 and TC02 started to diverge. Additionally, the de- 
fluidization was also observed from Fig. 3, where for 14 kg/h of air only, 
the pressure difference dipped dramatically. In order to ensure that this 
was indeed the flow rate corresponding to the minimum fluidization 
velocity (umf), the flow was gradually zeroed. Finally, in the subsequent 
gradual increase of the air flow, fluidization was reinstated at 15 kg/h, 
which was observed both by the thermocouple and the pressured drop 
readings. 

From the aforementioned analysis of the experiment conducted in 
the IHBFBSR, the data included in Table 1 was used as input for the 
model developed within this work. The packing limit was estimated as 
the ratio of the bulk density and the actual density of corundum 
(1636/3950 = 0.414) and therefore the void fraction at minimum 
fluidization conditions was calculated (αmf = 1 − 0.414 = 0.586). Sub-
sequently, the void fraction (α) at the 1st BHR point was estimated by 
the following formula [19]:. 

Hmf

H
=

(1 − α)
(
1 − αmf

)

where Hmf is the minimum fluidization bed height and αmf the void 
fraction at minimum fluidization conditions. For the numerical model 
developed within this work and which will be presented in the following 
section, the 53 min of steady state before the 1st BHR point were used for 
validation. The data obtained regarding the minimum fluidization 
conditions were used as inputs for the Adjusted Syamlal model. The 
temperature throughout the bed area for the validation BHR point, as 
measured by TC01, TC02 and TC03, was assumed to be at a constant 
value of 600 ◦C. The temperature of the main gases (air, N2) and the side- 
flow (N2) entering the reactor was also assumed to be 600 ◦C. As 
mentioned in Section 2.1, this is very close to the actual value for the 
main gases. For the side-flow, its small amount relative to the reactor’s 
size, permits this simplification. The average pressure drop over the bed 
at this point was 55 mbar, while the corresponding bed height was be-
tween 0.67 m (TC03) and 0.82 m (TC04). The reason for choosing this 
interval for the validation, was that after the 1st BHR point the bed area 
enters a transient state due to a variation in the flow rate. The time spent 
at each subsequent set point (~3 min) did not suffice for a steady state to 
be re-established. It should also be mentioned that given the location of 
P02, which is not at zero height with respect to the distributor plate, the 
pressure drop between P02 and P03 does not correspond to the pressure 
drop across the entirety of the bed material, but rather approximately 60 
% of the overall bed mass. This will be taken into account in the model 
validation. 

Fig. 2. Basic dimensions of IHBFBSR and instrumentation (thermocouples – TC and pressure gauges – P locations).  
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3. Numerical model 

In the two-fluid continuum model (TFM), both gas and solid phases 
are described as fully interpenetrating continua using a generalized form 
of the Navier-Stokes equations. The accumulation of mass in each phase 
is balanced by the convective mass fluxes, while the sum of all fractions 
in a cell is equal to unity. The non-steady continuity equations for the 
gas (g) and solid (s) phases are given below [59],. 

∂
∂t
(
agρg

)
+∇∙

(
agρgug

→) = 0
∂
∂t
(asρs)+∇∙(asρs us

→) = 0 (1)  

where α is the volume fraction, ρ is the density and u is the velocity of the 
corresponding phase. According to Newton’s second law of motion, 
momentum change equals to the sum of forces in a domain. The mo-
mentum equations for the gas and the solid phase are: 

where τ is the stress tensor and p is the pressure of the corresponding 
phase, and Kgs is the interphase exchange coefficient. To account for the 
particle–particle interactions, the kinetic theory of granular flow (KTGF) 

Table 1 
Fluidization data obtained from the corresponding experiment in the IHBFBSR.   

Air N2 Secondary N2 Total volumetric flow rate Height Void fraction  

(kg/h) (kg/h) (kg/h) (m3/h) (m) (-) 
1st BHR 22 26 4 136 0.67 0.63 
2nd BHR 14 0 4 52 0.59 0.59  

Fig. 3. Top: Air and N2 flow rates and temperature profile of the IHBFBSR bed zone (TC01-TC05) with the bed height reduction (BHR) points marked during the 
fluidization experiment conducted in the IHBFBSR. Bottom: Pressure drop over the bed during the fluidization experiment conducted in the IHBFBSR. 

∂
∂t
(
agρgug

→)+∇∙
(
agρgug

→ug
→) = − ag∇pg − ∇∙τg + agρg g→+Kgs

(
us
→− ug

→) ∂
∂t
(asρs us

→)+∇∙(asρs us
→us
→) = − as∇ps − ∇ps − ∇∙τs + asρs g→+Kgs

(
ug
→− us

→) (2)   
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was employed to predict the solid’s fluctuation energy. The granular 
temperatureΘs, which represents the energy associated with the parti-
cles’ fluctuating velocity is given by the following formula [60]: 

3
2

[
∂
∂t
(ρsasΘs)+∇∙(ρsas us

→Θs)

]

= −
(

ps I→+ τs

)

: ∇us
→+∇∙(kΘs∇Θs) − γ +φgs (3) 

The collisional dissipation of energy fluctuations γ represents the 
energy loss due to particle collisions and is derived from [61]: 

γ =
12(1 − e2)g0

ds
̅̅̅
π

√ ρsa
2
s Θ3

2
s (4) 

In the above formula, g0 is the radial distribution coefficient at 
contact and e is the restitution coefficient. The radial distribution coef-
ficient at contact describes the increased probability of collisions be-
tween particles, caused by structure formation in dense suspensions of 
particles, and is given by [62]: 

g0 =

[

1 −

(
as

asmax

)1
3
]− 1

(5) 

The diffusion coefficient for granular temperature kΘs was calculated 
using the Syamlal-O’Brien formulation [63]: 

kΘs =
15dsρ

̅̅̅̅̅̅̅̅
Θsπ

√

4(41 − 33η)

[

1+
12
5

η2(4η − 3)asg0 +
16

15π (41 − 33η)ηasg0

]

(6)  

η =
1
2
(1+ e) (7) 

The term φgs describes the damping of the particles’ fluctuating ve-
locities caused by the drag forces between the gas and solid phase. The 
solids pressure ps represents the normal force due to particle in-
teractions. The solid-phase stress tensor demands for its calculation the 
employment of the solid bulk viscosityλs, which is the measure of a fluids 
dissipative resistance to compression, and the solids shear viscosity, 
which is the summation of dissipative tangential forces due to shearing 
particle interactions (collisions, kinetic and frictional viscosity). In this 
work the Syamlal expression for the kinetic solid viscosity was 
employed. The formulas that correspond to the aforementioned values 
are as follows [60,63]: 

φgs = − 3KgsΘs (8)  

ps = Θsρsas + 2ρs(1+ e)a2
s g0Θs (9)  

τs
→= [λs∇∙us

→] I→+ 2μsSs
→ (10)  

Ss
→

=
1
2
[
(∇us

→) + (∇us
→)

T ]
−

1
3
∇∙us

→ I→ (11)  

λs =
4
3
asρsdsg0(1+ e)

(Θ
π

)1
2 (12)  

μs = μs,coll + μs,kin + μs,fr (13)  

μs,coll =
4
5

a2
s ρsdsg0(1+ e)

(Θ
π

)1
2 (14)  

μs,fr =
pssin(γ)
2
̅̅̅̅̅̅
I2D

√ (15)  

μs,kin =
asρsdp

̅̅̅̅̅̅̅
πΘ

√

6(3 − e)

[

1+
2
5
(1 + e)(3e − 1)g0as

]

(16)  

With regards to the drag function, the Adjusted Syamlal-O’Brien model 
was employed. Therefore, the following expression was used for the 
derivation of the interphase exchange coefficient Kgs [63]: 

Kgs =
3asagρg

4u2
r,sds

CD

(
Res

ur,s

)
⃒
⃒us
→− ug

→⃒⃒ (17)  

where the drag coefficient CD and the solids terminal velocity ur,s are 
expressed as: 

CD =

(

0.63 +
4.8
̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
Res/ur,s

√

)2

(18)  

ur,s = 0.5
(

A − 0.06Res +

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅

(0.06Res)
2
+ 0.12Res(2B − A) + A2

√ )

(19)  

A = a4.14
g (20) 

Fig. 4. Pressure drop over the bed area for different grid size and CFL combinations from the IHBBFBSR hydrodynamics simulations without a side-flow.  
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B =

⎧
⎨

⎩

0.8a1.28
g (ag ≤ 0.85)

a2.65
g (ag > 0.85)

(21)  

4. Computational fluid dynamics 

Within this work, 3D simulations of the IHBFBSR fluidization 
behaviour were performed. Simulations were performed in Ansys Fluent 
19.2 on a computational cluster (28 cores, 56 threads, 2.40 – 3.30 GHz 
frequency). With the exception of the biomass feeding inlet, the reactor 
can be considered as almost axisymmetric, except for the two rings of 25 
tuyeres at the bottom of the reactor. This allows for simulation using a 
periodically repeating “wedge” of either 360/25 = 14.4◦ or 360/5 =
72◦. The 72◦ wedge offers a good compromise between reducing the 
domain as much as possible and at the same time ensuring that the 
biomass feeder’s side flow does not propagate outside the selected re-
gion and influence the hydrodynamics outside the selected domain. 
Selecting the even smaller wedge would require less computational re-
sources and would have proven to be a much faster option, however 
would also entail the risk of not properly encapsulating the side-flow’s 
effect on its entirety. It should also be mentioned that the bottom radiant 
tube burner constituted the “inner wall” of the aforementioned domain, 
with the actual reactor wall constituting its “outer wall”. Therefore, the 
bottom radiant tube burner is considered in the simulations through the 
effects of its boundaries on the hydrodynamic behaviour. The assump-
tion that the biomass feeder side-flow’s effect does not propagate out of 
its section will be evaluated from the simulation results. The simulations 
presented within this work were performed with and without the pres-
ence of this side-flow. Another assumption was made with regards to the 
modelling of the flow entering the reactor through the tuyeres. As 
mentioned in Section 2, the tuyeres openings are pointed downwards at 
an angle of 20◦ and their very small diameter leads to an individual inlet 
velocity which is many orders of magnitude higher (450 m/s) than the 
dispersed bulk velocity, leading to a time step in the order of 10-5 s being 
required to meet the Courant-Friedrichs-Lewy (CFL) condition. In order 
to achieve reasonable time steps for the subsequent simulations, the 
plane corresponding to the top of the tuyeres (height of 33 mm) was 
assumed to be the bottom of the simulation domain. In this plane the 
whole cross-sectional area, except for the tops of the tuyeres, was 
considered to be gas flow inlet. The inlet velocity was assumed to be 

uniform due to the strong dispersing effect of the granular particles 
around and below this plane. The total simulation height was 1 m, the 
width was 97.72 cm and the side-flow inlet was approximated with 16 
points. Finally, regarding meshing, polyhedrons were used and all 
meshes had a maximum aspect ratio of 10. Grid independency tests were 
performed with 15, 20 and 30 times the bed particle diameter (dp) grid 
sizes and are presented in the following section. 

An overview of the species property settings is presented in Table A1 
in Appendix A. The time step was calculated using the approximation 
presented in Eq. (22): 

Δt ≈
CFL∙Δz

uz
(22)  

where Δz was approximated based on the grid density, uz was assumed 
to be equal to the bottom inlet velocity and CFL values of 0.2 and 0.4 
were selected. The effect of the CFL values on the simulations behaviour 
is discussed in the following section. An overview of the simulation 
settings employed is presented in Table A2 in Appendix A. Within the 
system, all temperatures for the boundary conditions were assumed to 
be stable at 600 ◦C, while a no-slip condition was assumed for the burner 
walls, the reactor wall and the tuyeres. The inlet was modelled as a 
velocity inlet and the outlet as a pressure outlet. A symmetry boundary 
condition was also enforced in the azimuthal direction. For the flux of 
granular temperature at the wall, the Johnson and Jackson boundary 
condition was employed [64] as shown in Eq. (23). 

qs =
π
6
̅̅̅
3

√
φ

as

as,max
ρσg0

̅̅̅̅
Θ

√
uwall −

π
4
̅̅̅
3

√ as

as,max

(
1 − e2

s− wall

)
ρsg0Θ3

2 (23) 

Since the Johnson and Jackson condition is used in combination with 
the no-slip condition, the specularity coefficient φ becomes equal to 1. 
The particle – wall restitution coefficient es− wall was assumed equal to 0.2 
for this study. With regards to the particle – particle restitution coeffi-
cient, values between 0.8 and 0.99 were examined. 

The determination of the bed height from the simulations was per-
formed by locating the maximum in the gradient of the averaged solid 
volume fraction. The location of this gradient was approximated by 
employing an adaptation of the methodology described by Mahajan 
et al. [65]. In particular, the height of the mesh was divided in 1 cm 
slices and for each slice the average void fraction was calculated. Sub-
sequently, the derivative of the void fraction versus the height was 

Fig. 5. Power spectrum of pressure drop over the bed area for the simulations of the IHBFBSR without side-flow for different mesh densities and CFL = 0.2 (left) and 
CFL = 0.4 (right). With the dotted line, the corresponding Savitzky – Golay filtered spectrum (polynomial order: 1, frame length: 9). 
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Fig. 6. Instantaneous void fraction contours, showing the movement of bubbles (light orange) that tend to emerge at the inner wall at a dominant frequency of 4 Hz 
for the 15 × dp – CFL = 0.2 case. Time starts at 2.25 s at a step of 0.0317 s moving from (a) to (f). 
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calculated using linear interpolation and finally the bed height was 
derived as the height corresponding to the maximum gradient. 

5. Results 

5.1. Mesh and time step independence (without side-flow) 

The mesh and time independence of the developed model was 
examined based on the pressure drop over the bed area and the fluidized 
bed height. The pressure drop is measured over the reactor volume be-
tween the heights of the two pressure gauges P02 and P03, as described 
in Section 2. The mesh and time step independence tests were performed 
for combinations of CFL equal to 0.2 and 0.4 and grid sizes 15, 20 and 30 
times the bed material particle diameter (dp). The results of the tests in 
regards to the pressure drop over the bed area are presented in Fig. 4. 
The average values obtained from the mesh and time step independence 
tests are presented in Table B.1 in Appendix B. 

In Fig. 4, an initial spike in the pressure drop over the bed was 
observed in all cases, corresponding to the initial bed expansion and the 
subsequent collapse. After this point, the observed pressure fluctuations 
can be connected to bubble eruption at the top of the bed and its 
implosion thereafter. Overall, the magnitude of the fluctuations 
decreased for coarser meshes, leading to the potential loss of informa-
tion for meshes larger than 30 × dp. Regarding the effect of CFL variation 
for a specific mesh size, only a minor effect was apparent in the pressure 
drop behaviour. In particular, the average difference between the mean 
pressure drop, calculated between 1 and 3 s, ranged between 0.5 and 
1.5 mbar (Table B.1 - Appendix B). However, it can also be noted that 
the magnitude of the fluctuations was slightly smaller for higher CFL 
values, especially for the case of CFL = 0.4. As mentioned before, for the 
latter case a loss of information due to the coarser mesh size employed 
exacerbates the much smaller effect of the time step increase. In general, 
it can be argued that an increase of CFL leads to minor accuracy losses, 
significantly lower than the effect of a mesh size increase. Therefore, no 
firm indication exists that a further decrease of the CFL and therefore the 
time step, would lead to significantly improved accuracy. 

To determine the dominant pressure drop fluctuation frequency for 
the aforementioned simulations, fast Fourier transform (FFT) analysis 
was performed. This can provide an insight in the bubble frequency and 
associated particle mixing in a fluidized bed [65]. The resulting power 
spectra are presented in Fig. 5, along with the Savitzky – Golay filtered 
spectra, for noise elimination purposes. The dominant frequency values 
for the unfiltered spectra obtained from the different mesh density/CFL 
combination simulations ranged between 3.1 and 4.6 Hz. The observed 
difference in terms of dominant frequency is small between the various 
combinations and it can be even smaller qualitatively, if the case of 15 ×
dp is considered. Fig. 5 shows that the dominant frequency of 3.1 Hz for 
the 15 × dp – CFL = 0.4 case is followed by a peak at ~ 4.6 Hz with a 
slightly lower magnitude. Overall, the behaviour in terms of bubble 
formation, as can be derived from the power spectrum of the pressure 
drop over the bed, was similar for the 20 × dp and 15 × dp simulations. 
For the 30 × dp cases, despite the qualitative agreement in terms of the 
location of the dominant frequency, less and broader peaks could be 
identified. This is indicative of the more gradual eruptions of the bubbles 
as they break up into the freeboard region, resulting from less sharply 
defined bubble edges due to the lower mesh density employed. 
Regarding the effect of CFL on the dominant power frequency, no clear 
trend could be derived also for this case. The void fraction contours 
corresponding to the dominant frequency for the 15 × dp – CFL = 0.2 
case are presented in Fig. 6. There, the movement of bubbles (light or-
ange) that tend to emerge at the inner wall of the reactor can be clearly 
observed. In Fig. 6, the × – axis denotes the dimensionless radius (0 
corresponds to the inner-burner wall and 1 to the outer-reactor wall), 
while the y – axis shows the dimensionless height of the simulated 
domain, as they were introduced in Section 4. 

The determination of the bed height for the mesh and time step 

independence tests was performed using the method described in Sec-
tion 4 and the results are presented in Fig. 7. Focusing on the bed height 
after stabilization, i.e. after 2.5 s of simulation time, it is clear that a 
decrease of the mesh size from 30 × dp to 15 × dp, led to a decrease of the 
bed height. Nevertheless, the difference between the 20 × dp and 15 ×
dp cases was only 0.03 and 0.04 m, for CFL values of 0.2 and 0.4, 
respectively. The reduction of the time step from CFL = 0.4 to CFL = 0.2, 
led to a 4.8, 2.6 and 1.4 % reduction of the bed height for the cases of 30 
× dp, 20 × dp and 15 × dp, respectively. 

Overall, the bed height derived from all simulations is well within 
the range deduced from the experimental results (0.67–0.82 m), with 
the exception of the 30 × dp – CFL = 0.4 case. Furthermore, the afore-
mentioned bed height reduction for decreasing CFL values becomes less 
significant for coarser mesh size. In addition, smaller differences were 
observed between the 20 × dp and 15 × dp cases in that regard. When the 
pressure drop dominant frequency is considered, the 20 × dp and 15 ×
dp cases again presented similar behaviour, in slight contrast with the 
30 × dp case, where the observed peaks were broader. Considering these 
conclusions from the analysis of the simulations performed, as well as 
the lack of any useful ones from the pressure drop analysis, the 15 × dp 
mesh size was employed in the subsequent simulations. From the anal-
ysis performed, it became apparent that the simulation results were 
more sensitive towards variations of the grid size, rather than the time 
step size, a conclusion also derived in [66]. Therefore, both CFL values 
of 0.2 and 0.4 were employed in the following analysis. 

Fig. 7. Bed height for different mesh density and CFL combinations for the 
simulations of the IHBFBSR without side-flow. 

Table 2 
Average pressure drop (dp), dominant frequency (Savitzky-Golay filter) and bed 
height derived from simulations with different values of the restitution coeffi-
cient. The average pressure drop was calculated in the 0.75 – 3.5 s interval and 
the bed height from 2.5 to 3.5 s, both after stabilization.  

Restitution coefficient 
(-) 

Average dp 
(mbar) 

Dominant frequency 
(Hz) 

Bed height 
(m)  

0.8  65.5  5.1  0.72  
0.85  64.1  4.8  0.71  
0.9  64.4  4.2  0.71  
0.95  65.3  4.0  0.73  
0.99  66.2  5.1  0.76  
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Fig. 8. Time averaged void fraction contours of the IHBFBSR bed area for different values of the restitution coefficient: (a) e = 0.8, (b) e = 0.85, (c) e = 0.9, (d) e =
0.95 and (e) e = 0.99. The simulations were performed with a 15 × dp grid and a CFL of 0.4. 
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5.2. Restitution coefficient (without side-flow) 

The restitution coefficient determines the degree of exchange of 
energy and momentum during particle collisions. A restitution coeffi-
cient of 1 corresponds to perfectly elastic collisions, while 0 corresponds 
to inelastic collisions. For sand-like material such as corundum, the 
typical range of values for the restitution coefficient employed in similar 
studies is between 0.9 and 0.99 [67–70]. However, in the context of this 
work, values of restitution coefficient between 0.8 and 0.99 were 
investigated. It should be mentioned, that a restitution coefficient of 0.9 
was employed in the simulations presented in the previous section. The 
average pressure drop, the dominant frequency and the bed height 
derived from the restitution coefficient simulations, are presented in 
Table 2. The simulations were performed with a 15 × dp grid and a CFL 
of 0.4. 

From Table 2, the minor influence of the restitution coefficient on the 
main simulation performance metrics employed in this work, can be 
clearly seen. For the average pressure drop, a standard deviation of 1 % 
was obtained for the five values investigated, while for the bed height 
the corresponding value was 3 %. Regarding the bed height, a slight 
increase was observed for higher values of restitution coefficient of 0.95 
and 0.99. In the case of the dominant frequency, due to the presence of 

significant amount of noise in the data (especially in the e = 0.85 case), a 
Savitzky-Golay filter of 1st polynomial order and a frame length of 9 was 
applied. From this analysis, a 11 % standard deviation between the five 
values of restitution coefficient was obtained. The dominant frequency 
values, ranging between 4 and 5.1 Hz, showcased the small influence of 
restitution coefficient also in this regard. From these findings, it can be 
derived that the selection of the restitution coefficient value within this 
range, does not influence the three main metrics considered signifi-
cantly, as has also been observed in literature [68]. Therefore, a value of 
0.9 for the restitution coefficient was selected for the subsequent sim-
ulations. However, it remains valuable to examine its effect on the 
fluidization behaviour of the IHBFBSR. In Fig. 8, the time averaged void 
fraction contours for all investigated restitution coefficient values are 
presented. 

From Fig. 8, it can be readily derived that the bubbles tend to move 
towards the inner and outer wall, leaving the highest solids density in 
the centre of the bed. With decreasing restitution coefficient values, the 
lowest void fraction area (voidage lower than 0.6), clearly observable at 
the centre of the bed for 0.99, becomes wider and thinner for values of 
0.95 and 0.9, before disappearing completely for 0.85. This could be an 
indication of improved mixing of the bed for lower values of restitution 
coefficient, something that has also been reported in the literature [70]. 

Fig. 9. Void fraction contours of the IHBFBSR bed area at t = 1.26 s (a), t = 1.89 s (b), t = 2.52 s (c), and t = 3.16 s (d). The simulation was performed with a 15 × dp 
grid and a CFL of 0.4. 

C. Tsekos et al.                                                                                                                                                                                                                                  



Chemical Engineering Journal 439 (2022) 135681

12

Finally, the void fraction in the area between 0.15 and 0.4 radius and 
0.15 – 0.35 height, presents higher void fraction values for restitution 
coefficient values decreasing from 0.9 to 0.85 to 0.8. Therefore, it can be 
concluded, that a further reduction of the restitution coefficient en-
hances the already significant channelling behaviour of the gas flow 
near the inner wall of the IHBFBSR. Similar behaviour can also be 
observed at the outer wall, where areas with void fraction above 0.8 
start to appear for restitution coefficient values lower than 0.95. These 
trends suggest that for decreasing values of restitution coefficient, most 
of the particles tend to cluster towards the top of the bed area forcing the 
gas to flow along the inner and outer walls. 

5.3. IHBFBSR simulation results (without side-flow) 

The previous subsection focused on time-averaged voidages. We now 
aim to get more insight in the bubble behaviour by focusing on the 
evolution of the instantaneous voidage distribution for a fixed restitu-
tion coefficient of e = 0.9 in Fig. 9. The lack of bubble formation in the 
middle of the reactor becomes readily apparent, since the area between 
0.25 and 0.9 radius is dominated by the presence of solid clusters, which 
become more compact with increasing height. As can be deduced by 
studying Fig. 9, the few bubbles that are formed in the middle of the 
reactor, do not seem to be able to penetrate the low void fraction area 
above them. This conclusion is derived by considering the high void 
fraction areas, corresponding to bubbles, noted in the general area be-
tween 0.5 and 0.8 radius. By piecing together the information provided 
by the contours in Fig. 9, it can be argued that some bubbles formed in 
the middle of the reactor, after initially traversing through the bed 
material particles (a to c), reach a point where they are forced to move 

towards the side of the reactor (d), unable to pass through the dense top 
part residing in the middle. Connected to this, the gas flow appears to 
prefer the pathway along the inner (burner) and outer walls of the 
reactor. This becomes even more apparent by studying the time aver-
aged void fraction contour in Fig. 8 (c). The presence of the relatively 
thin high void fraction layers at the sides, indicate that the bubbles are 
moving up the sides of the reactor, behaving like a slug flow (channel-
ling). This means that a significant amount of particles are trickling 
down the reactor walls, as large slow-moving bubbles are being formed. 
Again from Fig. 8 (c), these high void fraction layers seem rather similar 
in terms of thickness. This, along with the fact that the outer wall area is 
significantly larger than the inner one, leads to the conclusion that the 
bubbles at the outer wall of the reactor are larger than the ones near the 
burner. Furthermore, the lower void fraction zones at the bottom of the 
reactor, clearly observable in Fig. 9 (a) – (d), are most probably due to 
the walls corresponding to the tuyeres heads. Finally, note that the low 
void fraction area at the middle of the reactor appears to tilt towards the 
right side (outer reactor wall). This could be an indication of a circu-
lating particle flow along the horizontal direction of the reactor, caused 
by the slug flow along the walls of the reactor (channelling). 

The gas volume fraction and velocity vector field at the last time step 
of the simulation are presented in Fig. 10. The selected time step cor-
responds to a stabilized state of the bed and therefore can be considered 
representative of the overall fluidization behaviour of the IHBFBSR. 
From this figure the previously derived conclusions are verified, since 
the higher velocities in the system (which correspond to bubbles [19]) as 
well as the higher void fraction areas, are located mainly in the upper 
part of the outer and inner walls of the reactor. 

Fig. 10. Gas volume fraction (left) and velocity vector field (right) from the final time step of the IHBFBSR bed area simulation without side-flow. The simulation was 
performed with a 15 × dp grid and a CFL of 0.4. 
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Fig. 11. Void fraction contours of the IHBFBSR bed area at t = 0.92 s (a), t = 1.84 s (b), t = 2.76 s (c) and t = 3.69 s (d). In (e) and (f) the time averaged void fraction 
contours for the side-flow and no side-flow cases, respectively. The simulation was performed with a 15 × dp grid and a CFL of 0.2. The feeder side-flow is located at 
the outer wall at a dimensionless height of 0.2025. 
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5.4. Effect of the N2 purge side-flow on the IHBFBSR fluidization 
behaviour 

In the previous section, the simulation of the fluidization behaviour 
of the IHBFBSR bed area for a 72◦ “wedge” was presented. However, as 
was discussed in Section 2.1 Reactor description, in the experimental 
system an additional N2 feed is employed for the pressurization of the 
feeding system, preventing the back-flow of gases from the main reactor. 
As a result, a stream of N2 enters the reactor through the feeder located 
at the outer wall. The effect of this flow was assumed to be local, within 
the 72◦ partition including the feeder outlet. In this section, the testing 
of this assumption is presented, along with the overall fluidization 
behaviour including this side-flow. The simulations were performed 
with a mesh size of 15 × dp, as in the previous cases. Nevertheless, due 
to the higher gas velocities in the system due to the introduction of the 
side-flow, the CFL had to be reduced to 0.2. According to the time step 
independence analysis presented in 5.1, this is not expected to 

jeopardize the comparability with the previously conducted simulations 
with CFL = 0.4. The void fraction contours at four different time-steps of 
the simulation and the time averaged one are presented in Fig. 11. 

As it was also the case for the no side-flow simulations presented in 
Section 5.3, the formation of bubbles at the inner (burner) wall of the 
reactor can be clearly observed in Fig. 11 (a) – (d). On the contrary, the 
formation of bubbles near the outer radius of the reactor is not as 
apparent as in the previous case. In particular, it appears that the side- 
flow behaves almost like a stream on the reactor wall, as it passes 
through the bed area. This particular behaviour also prevents the for-
mation of bubbles near the outer wall of the reactor. This is also 
noticeable in the comparison of the time averaged void fraction contours 
of the side-flow and no side-flow simulations presented in Fig. 11 (e) and 
(f), showing that the inner radius void fraction layers are similar in both 
cases. Regarding the outer radius, the high void fraction layer (above 
0.7) becomes thicker (roughly from 0.85 to 1 radius, versus 0.95 to 1) for 
the side-flow case. Additionally, sub-layers with void-fraction of 0.8 and 

Fig. 12. Comparison of the bed height (left), pressure drop over the bed (right) and power spectrum of pressure drop over the bed area (bottom) from the simulations 
of the IHBFBSR with (blue) and without (red lines) side-flow. The simulation was performed with a 15 × dp grid and a CFL of 0.2. In the power spectrum graph 
(bottom), with the dotted line, the corresponding Savitzky – Golay filtered spectra (polynomial order: 1, frame length: 9). 
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0.85 which were marginally present or not present at all, respectively, 
for the no side-flow case, are clearly observable in Fig. 11 (e). Another 
observation can be made in regards to the low void fraction area in the 
centre of the reactor. As was discussed in the previous section, the 
central low void fraction area for the case of no side-flow, presented a tilt 
towards the outer radius of the reactor. This tilt, which is also observable 
in Fig. 11 (f), is reversed for the case of the side-flow inclusion, due to the 
aforementioned stream-like flow pattern with which this flow is intro-
duced in the reactor. In particular, it appears that bed particles tend to 
concentrate more towards the burner wall, hinting towards an increased 
channelling of the flow towards the outer reactor wall. Another differ-
ence between the two cases lies in the presence of low void fraction areas 
in the centre of the reactor. For the side-flow case, despite the fact that 
the different void fraction zones present more complex morphologies, 
mostly 0.6 and 0.65 void fraction zones can be observed. On the other 
hand, as was discussed for Fig. 9, bubbles appear to form also in the 
middle of the reactor, although to a much smaller extent. Nevertheless, 
the lack of void fraction zones lower than 0.65 and the aforementioned 
complex shapes formed in the centre of the reactor for the side-flow case, 
can indicate better mixing for this particular case throughout the height 
of the reactor. It should be reminded, that in the no side-flow case, the 
0.25–0.9 radius area was dominated by particle clusters, which became 
more compact for increasing height. 

The method for the determination of the bed height from the simu-
lations performed was described in Section 4. For the simulations with 
the inclusion of the N2 purge side-flow, the algorithm had a difficulty in 
determining the bed height for the first 2 s of the simulations. This 
phenomenon occurred due to the presence of height layers with a high 
void fraction. These layers are visible in Fig. 11 approximately from 0.7 
to 0.8 height, something that was not the case for the no side-flow 
simulations. The abovementioned fact, along with the more intense 
bubble formation at the burner wall of the reactor, can lead the algo-
rithm to identify the void fraction gradient caused by the bubble’s 
presence as the bed height. This phenomenon can be observed in Fig. 12 
until roughly 2 s. After this point the behaviour stabilizes and the cor-
responding bed height is comparable to the case without the side-flow, 

albeit a little bit higher (0.72 versus 0.71 m). In regards to the average 
pressure drop over the bed, the inclusion of the side-flow to the simu-
lations did not lead to a differentiation to its values. This could be 
attributed to the extreme channelling behaviour as observed in the void 
fraction contours, since the side-flow passes through the bed without 
effective obstacles. However, the pressure drop oscillations’ magnitude 
was marginally higher for the case of the side-flow. This can be attrib-
uted to the more intense fluidization due to the larger amount of 
fluidization media and thus higher fluidization velocities employed. 
Finally, in regards to the dominant frequency, the corresponding values 
for the unfiltered spectra were 4 and 2.7 Hz for the cases without and 
with the side-flow, respectively (Fig. 12). The corresponding values for 
the Savitzky – Golay filtered spectra were similar both in terms of 
magnitude and difference between the two cases (4.5 and 3.2 Hz, 
respectively). While it was expected that an increase in the overall 
fluidization velocity would lead to an increase of the dominant fre-
quency, this was not observed. However, with the increase of the 
fluidization velocity imposed by the inclusion of the side-flow in the 
simulations, the number and height of the peaks observed increased. 
This observation, as it was for the more intense pressure oscillations 
noted before, is a result of the increased amount of fluidization media in 
the reactor. 

As was mentioned in the beginning of this section, the validity of the 
reduction of the reactor’s geometry to 72◦ partitions is assured as long as 
the side-flow does not propagate out of the respective domain. In order 
to investigate the validity of this assumption, the velocity vectors of the 
gas phase were computed and subsequently visualised in Fig. 13. 
Depending on the time step, the flow moves slightly right or left from the 
feeder inlet, staying always far away enough from the symmetry 
boundary condition side walls to validate the aforementioned assump-
tion. It can even be argued, that the geometry domain could be further 
reduced to 36◦, although at the loss of the observation of the waving 
effect in the radial direction of the side-flow stream. Such a decrease of 
the geometry’s size would improve the computational requirements, 
allowing further decrease of the time step or mesh size. 

Overall, our results show that the side-flow is not well mixed in the 

Fig. 13. Velocity vectors of the gas phase from the simulations of the IHBFBSR with side-flow. The simulation was performed with a 15 × dp grid and a CFL of 0.2.  
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reactor. Therefore there is a possibility that in practice a cold spot is 
formed at the feeder inlet. The presence of such as a cold spot, would 
render the assumption that the N2 side-flow is at the same temperature 
as the rest of the reactor at this point (600 ◦C) incorrect. In this case, the 
volume expansion of the N2 gas caused by the temperature increase 
would also affect the internal flow field in ways not covered by the 
present simulations. Furthermore, as was also shown by Ostermeier 
et al. [71], the gas inlet geometry does not influence the global prop-
erties of bed height and pressure drop greatly. However, our work shows 
that it has a big influence on the gas and particle flow fields and solids 
distribution. The implementation of heat and mass transfer modelling in 
future simulations by the authors will allow the more in-depth investi-
gation of this particular effect. Finally, regarding the bed height (0.72 
with side-flow and 0.71 without side-flow) derived from the simulations, 
it was always within the limits imposed by the experiments (0.67 – 0.82 
m). However, given the fact that for setting up of the Syamlal model, a 
minimum fluidization velocity including the side-flow was employed, 
the overall height computed might be over-predicted. Considering the 
behaviour of the side-flow presented in this work, it might be more 
appropriate to exclude it from the calculation of the minimum fluid-
ization velocity of the corundum bed, since its effect appears to be 
insignificant. This conclusion is also supported by the clear over- 
prediction that can be observed for the pressure drop over the bed 
area. In particular, the experimentally derived average pressure drop of 
55 mbar is over-predicted by 12.5 % in the side-flow simulations. 

6. Conclusions 

In this work, CFD – TFM simulations of a novel 50 kWth indirectly 
heated bubbling fluidized bed steam reformer (IHBFBSR) were per-
formed to investigate its hydrodynamic behaviour. The results were 
verified with the employment of corresponding experimental results 
obtained from fluidization experiments conducted in a pilot-scale 
reactor. The hydrodynamic behaviour of the reactor was simulated 
successfully, as evident by the small deviations observed between the 
experimental and computational values obtained for the global hydro-
dynamic metrics (bed height and pressure drop). It was shown that for 
realistic values of the particle restitution coefficient channelling of the 
gas flow occurs near the reactor walls. This channelling was present for 
both the side-flow and no side-flow simulations. However, larger bub-
bles appeared to be forming near the outer wall of the reactor for the no 
side-flow simulations, while the opposite behaviour was encountered for 
the side-flow simulations. This was due to the stream-like behaviour of 
the side-flow moving against the outer wall of the reactor, thus pre-
venting the formation of bubbles locally. Additionally, limiting the 
simulations to a 72◦ symmetry “wedge” was validated by the model 
findings, which indicated that even further reduction is possible. Over-
all, it can be argued that an increase of the reactor’s diameter could 
potentially lead to a reduction of the observed channelling of the 
fluidization media and improve the mixing achieved in the reactor. This 
could in turn improve the heat and mass transfer in the system and thus 
also increase the conversion efficiency of the IHBFBSR during gasifica-
tion experiments. 

Overall, the present work constitutes the first step in an effort to 
study the fluidization behaviour of the novel IHBFBSR reactor of TU 
Delft. This investigation of this geometrically unique fluidized bed hy-
drodynamics lays the groundwork for future heat and mass transfer, as 
well as chemical reaction modelling which will allow the introduction 
and exploration of more experimental variables in conjunction with the 
simulation work. Apart from further verifying the simulation work 
performed so far, such an approach will allow the utilization of the 
entire spectrum of the IHBFBSR’s analytical/instrumentation capabil-
ities, something that was practically impossible within the context of the 
present work. 
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Appendix A 

. 

Table A2 
Ansys Fluent simulations settings.  

Parameter Input 

Model TFM 
Volume fraction parameter formulation Implicit 
Simulation dimension 3D 
Drag model Adjusted Syamlal 
Restitution coefficient 0.8 – 0.99 
Convergence continuity 10-4 

Convergence (remaining) Default 
Turbulence model settings 
K – epsilon model Realizable 
Near – wall treatment Standard wall functions 
Turbulence multiphase model Mixture 
Model constants Default 
Run conditions 
Grid size Variable 
Time steps Variable 
Max iterations 2000 – 3000 
Data frequency Variable  

Table A1 
Ansys Fluent species property settings.  

Parameter Input 

Air 
Phase type Eulerian 
Density Ideal Gas Law 
Viscosity Kinetic Theory 
Molecular Weight (kg/kmol) 28.966 
Corundum 
Phase type Granular 
Density 3950 
Bulk density (kg/m3) 1636 
Particle diameter 543 μm 
Granular temperature model PDE 
Granular viscosity Syamlal O’Brien 
Granular bulk viscosity Lun et. al [61] (kg/ms) 
Granular conductivity Syamlal O’Brien 
Solids pressure Lun et. al [61] 
Elasticity modulus Derived 
Packing limit (-) 0.4141 
Wall 
Fluent database Default settings 
Roughness constant (-) 0.5 
Granular condition Johnson – Jackson 
Wall restitution coefficient (-) 0.2  
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size 

CFL Mean dp 
(mbar) 

Max dp 
(mbar) 

Min dp 
(mbar) 

Dominant 
frequency 
(Hz) 

Bed height 
(m) 

30 ×
dp  

0.2  67.3  72.7 61.7 4.5  0.79 

30 ×
dp  

0.4  67.8  71.0 63.3 4.5  0.83 

20 ×
dp  

0.2  66.1  85.2 45.3 3.7  0.74 

20 ×
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15 ×
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Experimental  55.0  60.7  46.7 n.a. 0.67–0.82  
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