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A B S T R A C T

The application of membrane assisted fluidized bed reactors for distributed energy production has generated
considerable research interest during the past few years. It is widely accepted that, due to better heat and mass
transfer characteristics inside fluidized bed reactors, the reactor efficiency can outperform other reactor
configurations such as packed bed units. Although many experimental studies have been performed to
demonstrate and monitor the long term performance of membrane assisted fluidized bed reactors, the
hydrodynamics of membrane-assisted fluidized bed reactors has thus far only been studied in pseudo-2D
geometries. In this work the solids concentration inside a real 3D fluidized bed reactor geometry was measured
using a fast X-ray analysis technique. Experiments were conducted in absence and presence of two different
membrane modules with different configurations and number of membranes (porous Al2O3 tubes) for two types
of particles, viz. 400–600 μm polystyrene (Geldart B type) and 80–200 μm Al2O3 (Geldart A/B type). Results
from the experiments with Geldart B type particles revealed that the membrane modules (both the membranes
and the spacers) can significantly reduce bubble growth along the fluidized bed resulting in a smaller average
bubble diameter, expected to improve the bubble-to-emulsion mass transfer, whereas for the experiments with
fine Geldart A/B particles, and at a very high extraction values (40% of the inlet flow), a densified layer with
high solids concentration was formed near the membrane, which may impose an additional mass transfer
resistance for gas components to reach the surface of the membranes (concentration polarization). The results
from this study help designing and optimizing the positioning of the membranes and membrane spacers for
optimal performance of fluidized bed membrane reactors.

1. Introduction

The application of membrane assisted fluidized bed reactors for
distributed power production has attracted quite some research interest
over the last few years [1]. In a membrane assisted reactor, reaction and
separation steps are integrated in one single unit and a high degree of
process intensification can be achieved, thereby strongly reducing the
required reactor volume and increasing the energy efficiency of the
process [2]. It is widely accepted that fluidized bed membrane reactors
can outperform packed bed membrane reactor configurations due to
their better mass and heat transfer properties [3]. Most of the literature
on this topic has been devoted to provide a proof-of-concept at lab-scale
or to monitor the long term performance of the membranes at different
operating conditions and fluidization velocities [4].

On the material part, the main research effort has been put on the
fabrication of membranes with lower price and better permeation

properties, i.e. increased permeability and perm-selectivity [3,5–9],
whereas for the efficient demonstration of such units it is essential to
understand and quantify the reactor design and scale-up parameters
that account for the presence of membranes with different permeation
values. De Jong et al. performed an extensive study on the hydro-
dynamics of fluidized beds in the presence of horizontally integrated
membranes inside a pseudo 2D fluidized bed [10]. For this study a
combined particle image velocimetry and digital image analysis (PIV/
DIA) technique was used. The experimental results confirmed that for
the membrane assisted bed the average equivalent bubble diameter was
decreased by a factor of about 3 in comparison with the case where no
membrane was integrated due to the increased bubble break-up (while
the average bubble size was hardly affected by the permeation ratio
through the membranes). In another study it was confirmed that the
presence of horizontal membranes in the bed decreases the average
bubble size, but the formation of gas pockets around the tubes need to
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be properly accounted for when determining the average bubble size to
avoid underestimation, while these gas pockets may also decrease the
performance of the membrane reactor [11].

Dang et al. [12] and De Jong et al. [10] experimentally studied the
solids circulation patterns in pseudo 2D fluidized beds (from relatively
large beds to micro-structured beds) with gas extraction via membranes
(filters) installed in the walls of the reactor also applying the combined
PIV/DIA technique. It was found that in the cases where a large amount
of gas is extracted via the membranes, the solids concentration in the

near vicinity of the membrane increases and may result in the
formation of so-called densified zones, which may impose an additional
mass transfer resistance for gas components to reach the surface of the
membranes. These findings are in accordance with a discrete particle
simulation study done by Tan et al. [13]. These results have also been

Fig. 1. (a) The designed fluidized bed placed between the X-ray source and the detector plate (b) Membrane modules of one and five membranes with spacer plates and sealing.

Fig. 2. Spacer plates (left) spacer designed for the membrane module with one single membrane in the middle of the reactor and (right) spacer plate designed for the membrane module
with five membranes in a star shape configuration (all measures are in mm).

Table 1
Relative area of the spacers to the reactor cross sectional area.

Module Number of
membranes

Spacer section
area 10−4 m2

Reactor cross
section area
10−4 m2

Spacer area/
Reactor cross
section area (%)

I 1 9.12 78.5 11.6
II 5 19.8 78.5 25.2

Table 2
Physical properties of the used particles.

Material Avg. particle
diametera

[μm]

Apparent
Density (g/
cc)b

Minimum
fluidization
velocityc(Umf)
[cm/s]

Geldart
classification
[23] [–]

Polystyrene 500 1.06* 22.0 B
Al2O3 160 1.691 2.4 A/B

a FRITSCH ANALYSETTE22.
b ThermoFisher SCIENTIFIC Pascal 140 series.
c By measuring the pressure drop over the distributor plate and the bed.
* From [19].
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confirmed in case membranes (filters) are installed at the back plate of
the pseudo 2D reactor [14].

Although these studies all point towards the possibility of the
formation of densified zones close to the membrane surface thereby
inducing external mass transfer limitations that can limit the perfor-
mance of fluidized bed membrane reactors, an extension of the study to
3D fluidized beds in the presence of and with permeation through
vertically immersed membranes is required for a better understanding
and improved design of membrane assisted fluidized bed reactors.
Unfortunately, the technique used so far (PIV/DIA) is restricted to 2D
geometries only, as it requires visual access to the reactor.

Recently, a detailed study was devoted on the effect of vertically
immersed internals on the performance of a lab-scale and a pilot-scale
fluidized bed heat exchanger in a real 3D reactor geometry utilizing an
ultra-fast X-ray tomography technique [15–17]. It was generally found
that the immersion of internals results in a lower average bubble size
along the fluidized bed.

In the present work the hydrodynamics of a fluidized bed reactor
will be investigated in the presence of vertically immersed porous
membranes in a real 3D reactor geometry using a fast X-ray analysis
technique. With the help of this technique the hydrodynamics of the

fluidized bed membrane reactor is monitored with very high spatial and
temporal resolution. The paper is outlined as follows: first the materials,
set-up, the technique and data processing methods used in this study
will be described in detail. Subsequently, the obtained results for
different operating conditions will be presented and discussed, followed
by a summary of the main conclusions.

2. Materials and methods

2.1. Experimental

In this study the solids concentration inside the fluidized bed was
measured using the fast X-ray analysis technique developed by Mudde
et al. [18]. The setup originally consisted of three standard industrial
type X-ray sources (Yxlon International GmbH) with a maximum energy
of 150 keV working in fan beam mode. Detailed information on the
specification of the X-ray sources can be found elsewhere [19]. Each X-
ray source generates a fan beam that can be detected by a detector plate
on the opposite side of each X-ray source. For this study the experi-
ments were performed with one X-ray source and one detector plate to
obtain the projected 2D output signals from the 3D bed.

For the experiments a lab scale fluidized bed reactor was placed
(inclination±2 mm/m) in the center of the setup and 1140 mm from
the X-ray source and 501 mm from the detector plate. For each
experimental condition the attenuation of the X-ray beam was mea-
sured with a frequency of 35 Hz at the detector plate purchased from
Teledyne Dalsa Inc (Xineos-3131® 30 × 30 cm in size). The theoretical
spatial resolution of the detector is 0.2 mm per pixel. The measured
data at the detector plate were stored on a PC for further analysis.

The entire experimental procedure was controlled with a work-
station outside the setup room (covered with a lead sheet) ensuring a
safe working condition. Using the workstation it was possible to trigger
the X-ray source and read out the signals from the detector plate.
Further details on the setup and the measurement technique can be
found in [15,16,18]. Each result reported in the present study is an
average of 2100 frames (at 35 Hz) of one minute of continuous
recording from one source and one detector plate. The sampling time
of one minute allows to obtain sufficient data for statistics with a
minimum error from the mean [15].

The lab-scale fluidized bed reactor was constructed of Perspex® and
10 cm in inner diameter (5 mm wall thickness) and 100 cm in length.
The inlet was connected to compressed air controlled by a Bronkhorst®

type mass flow controller. The size of the reactor is similar to the size of
small scale fluidized bed reactors for micro heat and power applications

Fig. 3. A schematic representation of the experimental setup with the reactor in the
center of the setup. The reactor was scanned at four different axial positions H (mm):0,
80, 160 and 240 mm.

Fig. 4. (left) raw intensity map recorded at the detector plate. Frame needs to be corrected for dead pixels, orientation and contrast (right) dead pixels have been replaced by the average
value of the neighboring cells; image has also been corrected for contrast and orientation. Geldart B type particles at U/Umf = 2, H = 80 mm.
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[20]. The gas distributor plate was made of sintered stainless steel
(40 μm pore size, 3.2 mm thick from Van Borselen Filters) to ensure a
homogenous distribution of the gas at the bottom of the column. To
minimize particle entrainment from the column a freeboard was
designed and installed at the top part the reactor. Fig. 1a shows a
picture of the fluidized bed column placed between the X-ray source
and the detector plate.

The immersed membranes were porous Al2O3 (100 nm pore size at
the surface). Each membrane was 20 cm in length and 1 cm in outer
diameter sealed to a plastic cap from one side and to a stainless steel
Swagelok component (with graphite ferrule) from the other side [6]. At
the outlet of the column, the membranes were connected to a 12 mm
outlet tube that was connected to a vacuum pump (TRIVAC Leybold
LH) with a capacity of 40 ln/min of air, which could be controlled with
a Brooks® mass flow controller (0–44 ln/min) using Labview software.
Due to the pressure drop in the lines from the outlet of the membrane

module to the vacuum pump, a total flow rate of 10 ln/min of air could
be maximally extracted via each membrane at room temperature and
1 bar pressure difference across the membrane. It should be noted that
without the pressure drop in the lines a total flow rate of 22 ln/min
could be extracted via each membrane at similar operating conditions
[21].

Two different membrane modules were designed: one module with
one membrane in the center of the reactor and one module with five
membranes in a star configuration. For each membrane module, two
spacer plates made from Perspex® were used to keep the membrane(s)
in place and avoid any movement during fluidization. Such spacers are
generally used when submerging membranes in fluidized bed reactors
[20,22]. Fig. 2 shows a schematic representation of the membrane
spacers and their specifications. Table 1 summarizes the relative area of
the spacers to the reactor cross-sectional area. Although it is important
to use spacers to keep the membranes in place and avoid breakage of
the membrane tubes, it is expected that the spacer plates may also affect
the fluidization due to their presence. Also the influence of the spacers
on the hydrodynamics is investigated in this paper.

Two different types of particles were used in this study. The first
batch was 400–600 μm polystyrene particles and the second batch was
80–200 μm Al2O3 particles. For all the experiments the stagnant bed
height of the particles was 30 cm from the distributor plate (bed aspect
ratio of 3) to ensure full immersion of the membranes inside the bed at
minimum fluidization conditions. Table 2 summarizes the physical
properties of the used particles.

To capture the behavior over the full length of the bed, and due to
the fact that the detector plate and the X-ray source were fixed in place,
the reactor module was relocated vertically using an adjustable table.
For each single experiment, measurements were performed four times
and at four different distances of the X-ray source from the distributor
plate (H value in Fig. 3), allowing to compare the average properties of
the bed at vertical positions in the bed for the different cases. Before the
recordings were started, the bed was first stabilized for 30 min.

The column was filled with particles and aligned in the middle of
the X-ray source and the detector plate. According to the performed

Fig. 5. Calibration module filled 2/4th with polystyrene particles and (a) Separation wall is perpendicular to the X-ray source (b) Separation wall is parallel to the X-ray source.

Fig. 6. Fitted calibration curves for different particles. GB: polystyrene and GAB: Al2O3

particles.

Table 3
Fitting parameters for the calibration curves (y = Intercept + B1*X + B2*X2 and X is the Ln of intensity).

Particle Intercept B1 B2 Statistics

Al2O3 Value Standard error Value Standard error Value Standard error Adj. R2

Path length 1292.6 3.05 × 10−12 −235.5 7.22 × 10−13 10.38 4.26 × 10−14 1
Polystyrene Value Standard error Value Standard error Adj. R2

Path length 1827.36 1.04 × 10−11 −320.1 2.37 × 10−12 13.34 1.35 × 10−13 1
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Fig. 7. (left) Output intensity profile at a certain reactor height (70 mm above the distributor plate) across the bed width before and after image correction for the presence of the
membrane (right) converted intensity map to solids concentrations (path length); at U/Umf = 2 and H = 80 mm.

Fig. 8. Time-averaged normalized solids concentration map for three cases: (a) standard fluidized bed without membrane module; (b) Fluidized bed with one single membrane in the
middle without gas extraction; (c) Fluidized bed with 5 membranes in a star configuration without gas extraction.
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contrast tests at bubbling fluidization conditions, the X-ray source and
camera settings were determined to ensure a very good contrast
between the bubble and the emulsion phases. First, experiments were
performed without the membrane modules (standard fluidized bed) to
monitor the bed behavior at different fluidization numbers (0–3.5) and
particle types (both Geldart B and Geldart A/B particles). Subsequently,
the membrane modules with one and five membranes were immersed
inside the bed and experiments were repeated at identical conditions
(compared to the standard fluidized bed) without gas extraction via the
membranes to quantify the effects of only the presence of the vertically
immersed internals. In the last set of experiments, different amounts of
gas (compressed air, up to 40% of the inlet flow rate) was extracted
through the membranes and the bed behavior was monitored at
otherwise identical operating conditions.

2.2. Image analysis

For each experiment, the attenuation of the X-ray beam was
measured for each pixel at the detector plate to have the projected
2D intensity map of the bed in time. For each obtained single frame,
initially the image was corrected for dead pixels caused by imperfec-
tions of the detector plates: the measured attenuation of each dead pixel
was replaced by the mean value of the neighboring cells. Then, the
frames were cropped to the desired region of interest for each
experiment. To have the actual view of the column each frame was
rotated 90° and flipped. Fig. 4 shows the result of the performed image
correction protocol for a typical single frame image.

To convert the measured attenuation (intensity) to a solids con-
centration (path length), a calibration protocol that has already been
reported in [16] was performed. A dummy calibration module made of
identical material (Perspex®) and with identical inner diameter
(100 mm) and wall thickness (5 mm) as the fluidized bed reactor was
constructed (Fig. 5). The height of the dummy column was 10 cm.

Initially the dummy module was placed (1140 mm from the X-ray
source and 501 mm from the detector plate) and aligned (± 2 mm/m)
between the X-ray source and the detector plate. The height of the
column was adjusted to ensure that the whole module was covered at
the detector plate. Afterward, the module was filled in a segment wise
mode (using a separation wall for the different segments) with different
amount of particles (polystyrene or Al2O3). For each case the attenua-
tion of the outlet X-ray beam from the column was measured at a pixel
pocket (50 × 50 px2) at the detector plate. Fig. 5 shows the dummy
module half filled with polystyrene particles when the separation wall

was perpendicular and parallel to the X-ray source.
For all the experiments it was ensured that the separation wall (used

to fill the column in segments) was parallel to the X-ray source (90°
rotation from the case where the separation wall is perpendicular to the
X-ray source). Knowing the exact thickness (path length) of the particle
slice, the attenuation of the X-ray beam was converted to a path length
of material inside the bed. Five different segments (empty bed, 1/4th,
2/4th, 3/4th and full bed) were chosen for the calibration curve.

Fig. 6 shows the fitted (2nd order logarithmic) calibration curves for
polystyrene (Geldart B) and Al2O3 (Geldart A/B) particles (error is
below 3% or 2 mm of bed depth). Detailed information on the fitting
parameters can be found in Table 3.

For the experiments using the membrane modules, the intensity
maps needed to be corrected for the effect of the membranes on the
output intensity. To correct for the presence of the membrane(s) in each
frame and for each experiment, two cases with and without membrane
presence at U/Umf = 0 were selected. Theoretically, if an X-ray beam
with initial intensity of I0 passes through a stagnant bed of particles
with a bed thickness of dp and reactor wall thickness of dw, the outlet
intensity (I) of the beam can be calculated with Eq. (1).

I
I e= μ d μ d
0

[− − ]w w p p (1)

where μ represents the attenuation coefficient of the media (using
subscripts w and p to refer to the reactor wall and particle phase,
respectively). If a single membrane is submerged in the middle of the
bed, for the outlet intensity of the X-ray beam in the presence of the
membrane (I′), Eq. (1) can be rewritten as:

I
I e′ = μ d μ d μ d
0

[− − − ]w w p p m m′
(2)

where dp′ is the corrected thickness of the bed at the presence of the
membrane (dm is the outer diameter of the membrane):

dp′ = dp − dm (3)

so that

α I
I d μ μ= ln ′ = ( − )m m p (4)

where α represents the net contribution of the membrane presence on
the intensity profile. Also where the membrane spacers are located, α
will include the effect of spacers as well. For each frame, the α value at
each pixel was added to the logarithm of intensity at the corresponding
pixel. Later the exponential of the product was calculated to obtain the

Fig. 9. Snapshots from the experiments without membrane modules; Geldart B (Polystyrene) particles; U/Umf = 2, H = 80 mm.
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corrected intensity map. Fig. 7 shows the results of the membrane
correction and calibration steps for a selected frame.

For each experiment a standard sample of 2100 frames (at 35 fps)
equal to 1 min of continuous recording was chosen. Each frame was
corrected according to the previously described image correction
protocol. In the next section the output results from the experiments
will be analyzed and the main conclusions will be drawn accordingly.

3. Results and discussion

The obtained results from the experiments at different operating
conditions and membrane reactor configurations will be discussed and
analyzed in two parts. In the first part, the average solids concentration
maps for the cases with and without membrane presence will be
discussed for the polystyrene particles (Geldart B), showing the effect
of the different number of inserted membranes and the extent of gas
extraction on the average solids concentration maps. Subsequently, the
dynamics of the bubble phase along the reactor module will be
discussed and recommendations will be given on the design of such
membrane reactor units.

The second part of the discussion focuses on the results obtained

with alumina particles (Geldart A/B) and the bed behavior in the
absence and presence of the membrane modules together with different
extraction values. Specifically the average solids concentration fields at
different positions in the lateral position of the column (from the
membrane surface to the reactor wall) will be inspected to investigate
the probability of formation of densified zones, and quantification of
their thickness, in the case of very high gas extraction values.

3.1. Geldart B

3.1.1. Effect of internals
First the effect of internals on the hydrodynamics of the fluidized

bed filled with polystyrene particles was studied. Three cases were
selected: (1) standard fluidized bed without internals, (2) fluidized bed
with the membrane module containing one single membrane in the
middle of the reactor, but without gas extraction, and (3) fluidized bed
with the membrane module with five membranes arranged in a star
shape, also without gas extraction. For all these cases the outlet velocity
was kept the same, implying that the inlet flow rate was corrected for
the presence of the membrane(s). Fig. 8 shows the obtained time-
averaged (over 1 min of recording) solids concentration fields (in mm of

Fig. 10. Average solids concentration maps inside the fluidized bed and along the membrane(s) (a) One single membrane immersed inside the fluidized bed (b) Membrane module with
five membranes is immersed; H = 80 mm at plane 2 and H = 160 mm for plane 3, for all the cases the outlet velocity was kept the same at U/Umf = 2. The color bars represent the
normalized solids concentration in mm of particles path length (zero represents the empty bed and 100 stands for packed bed).
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Fig. 11. Time-averaged lateral solids concentration profiles at different heights from the distributor plate: (a) standard fluidized bed without membranes; (b) fluidized bed with one single
membrane in the middle without gas extraction; (c) fluidized bed with one single membrane in the middle and 10 ln/min gas extraction. For all the cases the outlet velocity was kept at U/
Umf = 2.

Fig. 12. Time-averaged lateral solids concentration profiles at different heights from the distributor plate: (a) fluidized bed with the membrane module with 5 membranes in a star
configuration and without gas extraction; (b) fluidized bed with the membrane module with 5 membranes in star configuration and 25 ln/min gas extraction (12.5% of the inlet flow). For
all the cases the outlet velocity was kept at U/Umf = 2.
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solids path length) for the three cases. The color bar represents the
normalized solid concentrations (in mm of solids path length), where
100 represents the maximum solids packing of a fixed bed (inner
diameter of the reactor is 100 mm) and zero stands for an empty bed.

Fig. 8a shows that for the standard fluidized bed case without
immersed membranes the time-averaged normalized solids concentra-
tion decreases in the axial direction, as expected, corresponding to the

well-known bubble growth and coalescence. However, the measured
values of the solids concentration were relatively low. Inspecting the
snapshots from the experiments (Fig. 9) heavy slugging of the bed is
clearly visible, as may have been expected related to the small bed
diameter and relatively large size of the particles. Once the membrane
module with one single membrane in the middle of the bed was
immersed, the degree of slugging was largely decreased (Fig. 8b). This
is attributed to increased bubble break-up because of the presence of
the immersed membrane and membrane spacer.

Fig. 8c shows the time-averaged solids concentration for the case
with the membrane module consisting of five membranes immersed
inside the fluidized bed. In comparison with the case with one single
membrane in the middle, the solids concentration is increased along the
membrane module and around the membranes. The maximum solids
concentration was found at the bottom spacer plate and close to the
membranes. It should be noted that for all the cases higher solids
concentrations were observed close to the surface of the membrane(s)
than in the bulk of the fluidised bed.

3.1.2. Effect of spacers
Fig. 10a shows the time-averaged solids concentration field for the

case with one single membrane immersed in the middle of the bed at U/
Umf = 2 for different vertical positions. It can be seen from the results
at plane 2 (i.e. at H = 80 mm) that at the bottom of the membrane and
close to the bottom spacer the solids concentration is somewhat higher
indicating that more gas bubbles move along the reactor walls. Passing
over the membrane spacer the gas bubbles tend to travel back to the
middle of the reactor where the membrane is. Moving higher in the
fluidized bed to plane 3 (H = 160 mm), the average bubble size
increases and the average solids concentration decreases. For the single
membrane module the effect of the second spacer at the top on the
hydrodynamics is much less pronounced in comparison to the effects of
the bottom spacer. This may imply that there is an optimum distance
between the spacers for maximum bubble cutting.

When the membrane module with five membranes was immersed

Fig. 13. Output solids concentration signal in time at U/Umf = 0 and U/Umf = 2 (data
was collected at 100 mm from the distributor plate and at r/R = 0.5).

Fig. 14. (a) Average cycle time and (b) average amplitude of the output signal at different axial positions along the reactor (for all the cases the inlet velocity was corrected for membrane
(s) presence and gas extraction to keep the outlet velocity at U/Umf = 2. Each point in the graphs represents the average of 2100 frames (at 35 Hz) over a pixel pocket of 50 × 50 at r/
R = 0.5.
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inside the reactor, the average equivalent bubble diameter did not
increase as much as for the single-membrane module, while the effect of
the second spacer is more pronounced (Fig. 10b). At the second spacer
the bubbles tend to pass more frequently close to the wall and later back
again to the middle part of the reactor.

The lateral solids concentration profiles for the case of the module
with one single membrane in the middle were plotted and compared at
different distances from the bottom distributor plate and for the cases
with and without membranes. Also the experimental results for the case
with gas extraction (10 ln/min equal to 5% of inlet flow) was included.
For all the cases the outlet velocity was kept at U/Umf = 2 (the inlet
flow rates were corrected for the reduced projected area of the
membranes and for gas extraction).

Fig. 11a shows the obtained lateral solids concentration profiles for
the case without immersed membranes at different axial distances from
the distributor plate. For all the positions the average solids concentra-
tion decreases from the middle of the bed towards the reactor wall, as
expected considering the relative small distance from the bottom
distributor. Close to the reactor wall the solids concentration increases
which is attributed to the solids back flow along the wall and the
presence of the reactor wall. Moving from the bottom of the reactor to
higher bed axial positions, the solids concentration decreases related to
bubble growth; only when passing through the bottom spacer (63 mm
above the distributor), the average solids concentration increases due to
bubble cutting. Once more, this confirms the clear effect of the bottom
spacer on the average bubble diameter.

When the membrane module with one single membrane was
immersed inside the bed (Fig. 11b), the solids concentration was
strongly increased near the membrane wall, even for the case without
gas permeation through the membranes (due to a more frequent
passage of gas bubbles inside the annular space of the reactor and far
from the membrane). Thus it can be concluded that the formation of the
so-called densified zones around the membrane(s) is not only due to gas
extraction via the membranes, but also due to the presence of the
membranes.

Inspecting Fig. 11c, no significant changes can be observed on the
lateral solids concentration profiles related to the gas extraction (10 ln/
min or 5% of the inlet flow), obviously related to the relatively small
amount of gas extracted compared to the feed. To extend this study the
experimental results from the case with the membrane module with five
membranes (with and without gas extraction and up to 12.5% of the
inlet flow rate) were analyzed (see Fig. 12).

As evident from Fig. 12a, and similar to the case with one single

membrane submerged in the middle, higher average solids concentra-
tions can be observed near the membranes. Moving from the reactor
wall towards the middle of the reactor, the average solids concentration
first increases to a maximum value and then decreases to a local
minimum in the center of the reactor. This is related to the membrane
module configuration, having five membranes located in a star shape
without any membrane present in the middle of the module. Therefore,
some bubbles will pass via the center of the module resulting in lower
solids concentrations in the center.

Analyzing the effects of gas extraction via the membranes, the
results for the case with gas extraction via the membranes (12.5 % of
the inlet flow) showed no significant changes compared to the case
without gas extraction in solids concentrations far from the bottom
spacer (Fig. 12b). However, very close to the bottom spacer (i.e. at
70 mm distance from the distributor plate), the effect of gas extraction
on the lateral solids concentration profiles is more pronounced, where
higher solids concentrations were observed close to the membranes
when extraction was imposed.

3.1.3. Bubble phase dynamics
In the previous section the average solids concentration was

investigated for the cases with and without submerged membranes
varying the number of membranes and the relative amount of gas
extracted via the membranes. It was concluded that with the insertion
of the membrane modules, higher solids concentrations was obtained
along the reactor due to bubble cutting (reduced slug formation) when
compared with the case without membranes present.

In order to substantiate this observation and to investigate the
change in bubble phase behavior related to the presence of membranes,
the average cycle time and the amplitude of the output signal at
different bed positions can be used. Fig. 13 shows a typical output
intensity signal over a pixel pocket of 50 × 50 pixels in size (at r/
R = 0.5, where r is the radial distance from the center of the reactor
and R is the reactor radius) averaged over 3 s of continuous recording
for two cases at U/Umf = 0 and at U/Umf = 2. Inspecting the output
signal for the case at U/Umf = 2 (freely bubbling bed) reveals that the
solids concentration is locally oscillating with an average amplitude
and cycle time.

The oscillations in time of the solids concentration is attributed to
the passage of bubbles. When a bubble passes, the solids concentration
decreases to a minimum value (depending on the bubble size) and goes
through a maximum when the bubble has just passed. For the case at U/
Umf = 0 (when the bed is stagnant), the standard deviation of the

Fig. 15. Instantaneous solids concentration profiles at different moments in time for the standard bubbling fluidized bed without membranes at U/Umf = 2, where the bed was filled with
fine Al2O3 particles (Geldart A/B), H = 80 mm.
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output signal was 0.2357 (mean: 99 mm of solid), while for the case at
U/Umf = 2 the standard deviation increased to 13.88, confirming that
the oscillations in solids concentrations is not caused by background
noise (at U/Umf = 0) and can be directly related to the passage of
bubbles.

In order to quantify the bubble phase behavior at different experi-
mental conditions, the output signal at the detector plate was mon-
itored in time. Average cycle time and amplitude of the output signal
was measured over 1 min of recording (2100 frames at 35 Hz) and at
different axial positions along the reactor and in the middle of the
annular space (r/R = 0.5). Three cases were selected for this analysis:
1) standard fluidized bed without internals; 2) Fluidized bed with one
membrane in the middle without and with 10 ln/min gas extraction
(5% of the inlet flow) through the membranes; 3) Fluidized bed with
the membrane module consisting of five membranes without and with
25 ln/min gas extraction (12.5% of the inlet flow) via the membranes.
Fig. 14 summarizes the obtained average cycle time and amplitudes for
all these cases.

Fig. 14a shows that for the case without membranes, at higher axial

positions from the distributor plate, a higher average cycle time is
measured. This is expected due to bubble growth along the reactor
length. The same trend can be seen for the average amplitude at
different axial positions (Fig. 14b). This confirms the fact that at higher
bed positions the bubble phase will grow to bigger bubbles that occupy
a larger bed depth. In the presence of one single membrane in the
middle of the reactor, the average output signal cycle time was reduced
by 24% along the reactor (28% reduction in signal amplitude) in
comparison with the case without immersed membranes. For the same
case with gas extraction (5% of the inlet) the average cycle time was
decreased by 20% compared to the case without membranes.

When the membrane module with 5 membranes was immersed
inside the bed (no extraction), the reduction in the average output
signal cycle time was 36%, while the average signal amplitude was
reduced by 42%. This confirms that when a higher number of
membranes are submerged, a higher degree of bubble cutting can be
obtained. When 12.5% of the inlet gas was extracted via the membranes
no significant changes in the average signal properties were observed
(37% reduction in average cycle time and 45% reduction in amplitude

Fig. 16. Time-averaged solids concentration profiles for: (a) Standard fluidized bed without membranes; (b) Fluidized bed with one single membrane in the middle of the reactor without
gas extraction; (c) Fluidized bed with one single membrane in the middle of the reactor and with 40% gas extraction (of the inlet flow). At H = 80 mm and U/Umf = 2. The color bar
represents the normalized solids concentration (path length) in mm of particles, where zero indicates the empty bed and 100 the packed bed.
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compared with the case without membranes). In general, with sub-
merged membranes a lower amplitude and cycle time was observed
along the reactor length, with a more pronounced effect for the module
with more membranes.

3.2. Geldart A/B

After the experiments with the polystyrene particles and at different
operating conditions, the reactor was refilled with fine Al2O3 particles
(Geldart A/B type). The stagnant bed height was 30 cm giving a bed
aspect ratio of 3. Thus, it was ensured that the membrane module was
fully immersed at minimum fluidization conditions. The lower mini-
mum fluidization velocity for this type of particles required a lower
inlet flow rate, allowing to achieve much higher values of gas extraction
(up to 40% of the inlet flow).

Fig. 15 shows the instantaneous solids concentration profiles from
the experiment at U/Umf = 2 for the case without membranes. Com-
pared to a similar case with Geldart B type particles at the same
fluidization number and at the same height from the distributor plate, a
clearly larger and more homogeneous average solids concentration was

observed, without slug formation.
The results shown in Fig. 15 also imply that for fluidized bed

reactors designed especially for micro heat and power applications
(with similar reactor sizing as the fluidized bed used in this study), a
smaller average bubble diameter without slug formation can be
obtained when using Geldart A/B type particles, with an expected
positive effect on the bubble-to-emulsion phase mass transfer rate. In
the next section the effect of the presence of and the permeation
through a submerged membrane is investigated on the average solids
concentration profiles.

3.2.1. Average solids concentration
The measured time-averaged solids concentration profiles for three

different cases have been presented in Fig. 16a) standard fluidized bed
without membranes; b) Fluidized bed with one single membrane in the
middle and without gas extraction and c) Fluidized bed with one single
membrane in the middle of the reactor and 40% gas extraction (of the
inlet flow). For all the cases the highest average solids concentration
was found in the middle of the reactor. Note that these time-averaged
solids concentrations are much higher than the solids concentrations

Fig. 17. Average lateral solids concentration profiles at different distances from the distributor plate: (a) Standard fluidized bed without membrane (b) Fluidized bed with one single
membrane in the middle without gas extraction (c) Fluidized bed with one single membrane in the middle with 40% gas extraction (of the inlet flow). For all the cases the outlet velocity
was kept at U/Umf = 2.
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Fig. 18. Normalized histograms at different lateral positions across the reactor width and for three different cases: (a) Standard fluidized bed without membrane; (b) Fluidized bed with
one single membrane immersed in the middle of the reactor without gas extraction; (c) Fluidized bed with one single membrane in the middle of the reactor with 40% gas extraction (of
the inlet flow). For all the cases the outlet velocity was kept the same at U/Umf = 2.
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measured for the polystyrene particles (Geldart B) at the same relative
fluidization velocities, related to the smoother fluidization with smaller
average bubble sizes.

When a membrane module with one single membrane was inte-
grated inside the bed (Fig. 16b), the average solids concentration was
slightly decreased in the annular space between the membrane and the
reactor wall, indicating that more bubbles pass between the membrane
and reactor wall while far from the membrane and at the reactor wall
no significant changes can be discerned.

In the presence of the membrane with gas extraction (40% of the
inlet flow), a more clear change in the average solids concentrations
was observed (Fig. 16c). Especially near the surface of the membrane
the average solids concentration shows a layer with maximum solids
concentration. Far from the membrane surface and in the middle of the
annular space (r/R = 0.5), a lower solids concentration was detected
compared to the case without gas extraction. These results confirm that
at sufficiently high extraction values, particles will accumulate near the
membrane surface and form a densified layer which may impose an
additional mass transfer resistance for gas components to reach the
surface of the membranes [13]. Fig. 17 shows the time-averaged lateral
solids concentration profiles at different distances from the distributor
plate and for the three different cases, supporting the above observa-
tions.

To investigate whether the densified solids layer near the membrane
is stagnant or dynamic, the temporal evolution of the solids concentra-
tion was monitored at three different radial positions: 1) At the surface
of the membrane at r/R = 0; 2) In the middle of the annular space at r/
R = 0.5 and 3) Next to the reactor wall at r/R = 0.95 (all the points
were located at 10 cm from the bottom distributor plate). For each case
the solids concentration was measured and saved over 2100 frames
(one minute of recording with 35 frames per second) and the histogram
of the obtained solids concentration data, normalized by the total
number of observations in each histogram bin, is given in Fig. 18.

3.2.2. Solids probability distribution
The probability distribution of the solids concentrations in the

center of the column (r/R = 0) show for all the three different cases a
skewness towards high solids concentrations, which increases due to
the presence of the membrane and even more in case of gas extraction
through the membrane. In case of gas extraction via the membrane in
the center of the bed (Fig. 18c), over 40% of the incidents the solids
concentration reached the maximum value of 100 mm of bed depth,
corresponding to the maximum packing of a packed bed, implying that
for over 40% of the incidents no bubbles were passing near the
membrane surface. Moving away from the surface of the membrane
to the middle of the annular space (r/R = 0.5), the immersion of the
membrane results in higher probabilities for lower solids concentrations
compared with the case without membrane in the bed. This confirms
that the immersion of the membrane results in a higher gas bubble
passage in the annular space. At the reactor wall (r/R = 0.95) a more
Gaussian probability distribution can be observed for all the three
scenarios. At the reactor wall no significant changes were observed
when the membrane module was immersed inside the bed, or when
40% of the gas was extracted via the membrane.

4. Conclusions

The hydrodynamics of a 10 cm diameter membrane-assisted flui-
dized bed was investigated using a fast X-ray analysis technique. For
each experiment the output attenutation of the X-ray beam was
measured at the detector plate for over one minute of continuous
recording. A total number of 2100 frames (at 35 Hz) was saved for all
experiements. The projected 2D solids concentration maps were
obtained after a detailed image correction and calibration procedure.

Two different membrane modules with one and five membranes
were designed and constructed to monitor the behavior of the fluidized

bed in absence and in presence of the membrane modules and with and
without gas extraction through the membranes. Two different particle
types were investigated, viz. 400–600 μm polystyrene and 80–200 μm
Al2O3 particles, belonging to type B and A/B of the Geldart classifica-
tion, respectively.

The obtained results revealed the heavy slugs formation when using
the Geldart B type particles without the membrane modules. The
formation of these slugs corresponds with a strong decrease in the
time-averaged solids concentrations inside the fluidized bed and may
increase the overall mass transfer resistance and increase gas bypass,
thus possibly deteriorating the reactor performance. Once the mem-
brane modules were immersed inside the fluidized bed, the extent of
slugging was largely decreased attributed to increased bubble breakage.

At higher axial positions inside the fluidized bed, the average
bubble diameter increased, which may impose or aggravate mass
transfer limitations between the bubble and emulsion phases. In a
research study by Gallucci et al. [24] it was proposed to circumvent
these mass transfer limitations by using spacers (e.g. wire mesh) inside
the bed. Results from our study indicated that the membrane modules
(membranes/spacers) can be used not only to extract (and purify) gas
from the reactor, but can simultaneously be exploited to limit bubble
growth along the reactor height.

Placing the membrane spacers far from each other resulted in
reduced bubble cutting along the bed. Decreasing the distance between
the spacers (shorter membranes) may also be beneficial to keep the
membranes better fixed and improve their lifetime depending on the
membranes’ mechanical stability. Thus, positioning more spacers with
shorter membranes may improve both the hydrodynamics and the
mechanical stability of the membranes. This will result in a smaller
average bubble diameter and enhanced mass transfer between emulsion
and bubble phases.

The obtained results for the time-averaged solids concentration
fields for the case of the membrane module with one membrane in the
center and using Geldart A/B type particles confirmed that at high
extraction values, particles will accumulate near by the membrane and
form a layer which may induce an additional mass transfer resistance
for gas components to reach the surface of the membranes, whereas
more bubbles were passing in the annular space between the membrane
and the reactor wall. This was further supported by the probability
density function of the solids concentration at different radial positions.
The results from this study can help optimizing the positioning of the
membrane and membrane spacers for optimal performance of fluidized
bed membrane reactors.
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